
Fluidized-Bed Reactor Model Verification on 
a Reactor of Industrial Scale 

Previous published comparisons between fluidized-bed reactor models 
and experimental data have almost exclusively been in laboratory and 
pilot-plant scale equipment. This paper compares data obtained in an 
industrial phthalic anhydride reactor of 2.13 m dia. using naphthalene as 
the feedstock with three models, the Kato and Wen bubble-assemblage 
model, the Kunii and Levenspiel three-phase bubbling-bed model, and 
Grace’s two-phase bubbling-bed model. For the conditions of operation 
(U = 0.43 m/s, dp = 53 pm, H = 7.9 m, T =  636 K), all three models give 
similar predictions and each gives a good overall prediction of the con- 
version and selectivity if the reaction kinetics are based on the early 
study of DeMaria et al. (1961). Hydrodynamic parameters needed for 
the models are calculated from equations available in the literature. 
Grid and freeboard effects appear to play relatively minor roles in deter- 
mining the overall conversion and yields for the reactor in question. 
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Introduction 
A large number of models have been devised to describe fluid- 

ized-bed catalytic reactors operating in the bubbling regime. 
Testing of these models has generally been carried out via exper- 
iments in laboratory-scale equipment with simple first-order 
reactions, limiting the range of conditions under which the mod- 
els have been investigated and leaving open the question of how 
well the models work as tools for scale-up, for complex kinetics, 
and for simulation of industrial-scale units. In this paper we 
compare data for an industrial reactor of 2.13 m dia. having an 
expanded bed depth of 7.9 m with predictions from three repre- 
sentative models, those of Kunii and Levenspiel (1969), Kato 
and Wen (1969), and Grace (1984). The industrial fluidized- 
bed reactor was used for the manufacture of phthalic anhydride 
by catalytic oxidation of naphthalene. Concentrations of an 
intermediate product, naphthoquinone, as well as that of 
phthalic anhydride in the product, and the overall conversion of 
naphthalene have been measured, and these data are compared 
with values predicted by the models. The bed operated at  a 
superficial gas velocity of 0.43 m/s with a catalyst of 53 pm 
mean dia., a temperature of 636 K, and a pressure of 266 kPa. 

In order to apply the models to the data, measured bed prop- 
erties and published relationships have been used to calculate 
bubble diameters, interphase mass transfer rates, and other 
hydrodynamic parameters. No parameters have been fitted, 

Corrcrpondence concerning this paper should be directed to J.  R. Grace. 

although we have performed a series of calculations to test the 
sensitivity of the models to possible variations in a number of 
factors. Both the kinetic expressions of De Maria et al. (1961) 
and of Westerman ( 1  980) have been employed. Separate calcu- 
lations have been carried out to estimate the possible influence 
of the grid and freeboard regions. 

All three of the reactor models investigated give predictions 
that are in good agreement with yields obtained in the industrial 
reactor when the models are combined with the kinetic model of 
De Maria et al. and bubble sizes estimated from hydrodynamic 
considerations. The differences among the three models are 
small for the conditions investigated, with the predictions being 
most sensitive to the kinetic expressions employed and to the 
estimated bubble sizes. Separate consideration of the grid region 
does not appear to be needed to simulate the reactor perfor- 
mance for the reactor conditions adopted. Accounting for the 
freeboard region results in a slight overall improvement in the 
predictions, but the role of the freeboard appears to be relatively 
minor for the given reactor, in agreement with the fact that tem- 
perature changes were observed to be negligible above the dense 
bed surface. 

Phthalic Anhydride Reactor 
There are very few published data showing reaction conver- 

sions and yields in fluidized-bed reactors of a size larger than 
about 0.6 m dia. Although models can be used for complex reac- 
tions in commercial-size units (Dutta et al., 1984), data are 
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needed to allow discrimination between alternate models and to 
assist in their improvement. 

Phthalic anhydride has been manufactured both from naph- 
thalene and from o-xylene, in both fixed and fluidized beds. The 
fluid-bed process for making phthalic anhydride by the catalytic 
oxidation of naphthalene was a successful application of fluid- 
ized beds (Graham et al., 1962), but it has now been supplanted 
in the United States by fixed-bed processes, which can utilize 
either naphthalene or o-xylene as the feedstock by changing cat- 
alysts (Montgomery and Farkas, 1984). The fluidized-bed pro- 
cess is still used in the Far East where naphthalene is the avail- 
able feedstock. Previously unpublished data on a fluid-bed 
phthalic anhydride reactor that utilized the Badger process 
allow us to test the value of representative reactor models on a 
reactor that is significantly larger than those for which data 
have been reported previously in the open literature. 

The industrial reactor was a cylindrical vessel of 2.13 m dia. 
and 13.7 m overall height equipped with vertical tubes occupy- 
ing approximately 9% of the vessel cross-sectional area for a 
depth of 7.0 m. The grid was of a dished design with 56 air entry 

Table 1. Operating Conditions and Reactor Performance, 
Industrial Phthalic Anhydride Reactor 

Operating temp. 
Operating press. 
Expanded bed ht. 
Expanded bed dens. 
Superficial gas veloc. 

Catalyst properties 
Particle dens. 
Bulk dens. 

Size dist. 

636 K 
266 kPa 

7.9 m 
350 kg/m’ 

0.43 m/s 

1,200 kg/m’ 
770 kg/m’ 

Size, pm Mass, % 

0-15 1.5 
0-20 7 
0-44 28 
0-74 44 
0-105 60 
0-148 81 
0-1 75 90 

Mean size = 112 xiidpi = 53 pm 

Molar Balance on Fluid Inlet and Outlet Streams - 
Flow, kmol/h 

Component Mol. Wt. In o u t  

Nitrogen 
Argon 
Oxygen 
Carbon monoxide 
Carbon dioxide 
Water 
Naphthalene 
Other feed hydrocarb 
Naphthoquinone 
Phthalic anhydride 
Maleic anhydride 

Total 

28.0 
39.9 
32.0 
28.0 
44.0 
18.0 

128.2 
129.9 
158.2 
148.1 
98.1 
- 

____ 

Naphthalene unconverted 
Conv. to phthalic anhydride 
Conv. to naphthoquinone 
Conv. to maleic anhydride 
Oxidation to CO, CO,, H,O 

192.3 192.3 
2.2 2.2 

51.7 25.5 
0 2.95 
0 11.58 
3.2 14.94 
5.21 t0.1 
0.08 0 
0 0.068 
0 4.64 
0 0.168 __ 

254.7 254.3 

<2.0% 
88.94% 

1.31% 
3.22% 
6.5% 

ports. Naphthalene feed was introduced as a liquid spray 
through three nozzles, each approximately 0.3 m from the wall. 
Catalyst properties, operating conditions, and corresponding 
conversion and yield data for the reactor are given in Table 1. 
The molar flow rates of gas entering and leaving the reactor are 
seen to be very nearly equal, so that volume changes due to reac- 
tion can be neglected. It was not possible to detect naphthalene 
in the outlet stream; given the detection threshold for the ana- 
lyzer (-500 ppm), this implies an unconverted naphthalene 
fraction near 0 and certainly less than 2%. 

Bed Hydrodynamics 
Standard correlations and relationships in the literature have 

been employed to estimate key hydrodynamic quantities re- 
quired as input to the reactor models to be tested below. Values 
of these quantities and their sources are listed in Table 2. 

Several of the quantities require special comment. The cata- 
lyst material falls into group A of Geldart’s classification for 
room-temperature operation as well as for the temperature and 
pressure of operation (Grace, 1986a). There are limited data 
available to allow prediction of the hydrodynamic regions of 
operation. Data of Yerushalmi and Cankurt (1979) for small- 
scale columns have been correlated by Grace (1 982) and suggest 
a transition velocity for initiation of the turbulent regime of 
fluidization of the order of 1 m/s; however, this transition veloc- 
ity appears to decrease with increasing bed diameter, and Avi- 
dan (1982) has suggested that the transition may occur for Uas  
low as 0.3 m/s for catalysts of 62 Km mean size in industrial- 
scale reactors. Although the industrial bed considered here is 
sufficiently deep for slugging, the bubble sizes derived from bed 
expansion or from maximum stable size considerations (see 
below) are much less than the column diameter and also less 
than the intertube spacing. Therefore slugging seems highly 
improbable. It seems very likely that the bed operated in the 
bubbling regime, although turbulent conditions cannot be ruled 
out as a possibility. 

Assuming operation in the bubbling regime, we require values 
of cb and tdr the fraction of bed volume occupied by bubbles and 
the dense phase voidage, respectively. From the reported bed 
and particle densities, Table 1, the overall bed voidage is 

Z 1 - 350/1,200 = 0.707 = ~b + (1 - t b ) ~ d  (1) 

Table 2. Derived Properties and Hydrodynamic Quantities 

Quantity Value Source 

Gas dens. 1.56 kg/m’ - 
Gas viscos. 3.2 x lo-’ Ns/mz - 
Archimedes no. 2.7 - 
Min. fluidiz. veloc. 7.7 x m/s Grace (1982) 

Static bed voidage 0.36 Bulk and particle dens. 
Min. bubbling veloc. 5.0 x lo-’ m/s Geldart & 

Abrahamson (1980) 
Regime of operation Bubbling See text 

Dense phase voidage 0.44-0.55 See text 

Bubble volume frac. 0.48-0.35 See text 
Bubble dia. 0.045-0.129 m See text 
Corresp. bubble 0.90-1.23 m/s Eq. 3 

Naphthalene diffus. 1.06 x lo-’ m‘/s Int. Crit. Tables 

(or turbulent) 

rise veloc. 
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Table 3. Naphthalene Oxidation Reaction Schemes 

Reaction Scheme Ref 

NQ 
NA /----- \PA-MA. CO, CO, De Maria 

et al. (1961) 
NA -PA-MA Smith & Carberry ' co, co, (1975) 

NA-PA-MA, CO, CO, Carberry & White 
( 1969) 

c o ,  co, (1980) 

NA, naphthalene; NQ, naphthoquinone; PA, phthalic anhydride: MA, maleic 
anhydride. 

If either td  or t b  is known, the other can be calculated from Eq. 1. 
For such a fine catalyst, the dense phase expands beyond the 
voidage corresponding to minimum fluidization, em,. For the cat- 
alyst here, the static bed voidage, determined from particle and 
bulk densities, is 0.36, and it seems unlikely that emf would be so 
low for such a fine material. Correlations proposed by Abra- 
hamson and Geldart (1 980) and Chen et al. ( I  984) can be used 
to estimate td  providing that emf is known. The corresponding td  

values are 0.42 and 0.47, respectively, for emf = 0.36, and are 
0.47 and 0.55, respectively, for the more realistic value of emf = 

0.42. We consider the most likely range oft,, to extend from 0.44 
to 0.55. The corresponding range of t b  is 0.48 to 0.35. The bubble 
volume fraction, t b ,  is also linked to the mean bubble diameter, 
db, by the relationship 

where v b  is the bubble velocity given by 

(Davidson and Harrison, 1963) and Y can be taken as close to 
unity for the deep bed employed here (Peters and Grace, 1987). 
Hence values of db can be derived for each t b .  These values range 
from 0.04 m to 0.13 m for the t b  range specified above. It may be 
noted that this db range exceeds the maximum stable bubble 
diameter, 0.02 m, calculated using a procedure suggested by 

Geldart (Grace, 1982). This procedure is a t  best approximate 
and appears to have originated only for systems operated a t  
atmospheric temperature and pressure. In addition, such a small 
bubble size would lead to the unrealistic t b  and td values of 0.57 
and 0.33, respectively, from Eq. 1 to 3. 

Kinetics of Catalytic Oxidation of Naphthalene to 
Phthalic Anhydride 

The oxidation of naphthalene is rather complex and involves 
several byproducts and intermediates. An extensive review has 
been prepared by Wainwright and Foster (1979). 

Most researchers have chosen to simplify the complex reac- 
tion scheme. Reaction sequences commonly adopted are shown 
in Table 3. In the data that are available from the industrial 
phthalic anhydride reactor in this study, naphthoquinone has 
been found in the product stream. Therefore the simple series 
reaction pathways in Table 3 cannot be used, and we require one 
of the more complex schemes. In this work we have attempted to 
use the reaction kinetics of both De Maria et al. (1961) and 
Westerman (1980). Although the latter is a more rigorous 
kinetic study, we have had to reply primarily on the earlier study 
since the catalyst formulation in the industrial reactor appears 
to have been much closer to that employed in the De Maria et al. 
study, and since maleic anhydride was recorded in the reactor 
outlet stream (but is not included in the Westerman kinetic 
model). Nevertheless, some comparison with the Westerman 
model is reported below. 

The data of De Maria et al. are rather difficult to interpret. 
Reaction orders appear in Table 4. At low naphthalene concen- 
trations the order of the naphthalene oxidation with respect to 
naphthalene is unity, but decreases as the concentration 
increases. It is suggested that first-order kinetics can be used for 
naphthalene feed concentrations of about 1% or less. For the 
industrial reactor, naphthalene constitutes 2 mol % of the feed, 
but most of the reaction takes place in the dense phase where the 
concentration is considerably lower, so these reactions are taken 
to be first order. 

An intrinsic rate constant was given by De Maria et al. only 
for k,, the other rate constants reported being derived from labo- 
ratory fluidized-bed experiments. The reactors were assumed to 
behave as integral reactors, probably assuming plug flow. After 
converting so that the rate constants are based on particle vol- 
ume, the rate constants a t  the reactor temperature are estimated 
as shown in Table 4 from the data for catalyst A employed by De 

Table 4. Reaction Kinetics Derived from De Maria et al. (1961) 
~~~ ~ ~~ 

Reaction Order 
Assumed 

Organic Assumed True Pseudo-first-order 
Reaction Species Oxygen Kinetics Rate Constants 

1. NA-NQ 0.5 to 1 -1 - 

2. NA- PA 0.5 to 1 

3. NQ - PA - 
4. PA- OP - 

dNNA 
- ~ ~ C N A C O ,  V, dt 

d N N Q  
k3  CNQ - ~ =  v, dt 

,0.8 
P 

NA, naphthalene; NQ, naphthoquinone; PA, phthalic anhydride; OP, oxidation products of PA (primarily maleic anhydride, CO, and Cod.  
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Maria et al., catalyst B having been shown to give predictions 
that diverge widely from the model predictions (Johnsson, 
1986). There is little information available for comparison with 
these constants. Smith and Carberry (1975) employ rate con- 
stants that are significantly lower than those given above. On 
the other hand, Ross and Calderbank (1971) give a value equiv- 
alent to k ,  + k,, which is within about 20% of the corresponding 
value from above. In view of the uncertainty, we employ the De 
Maria et al. constants given above, but report some studies 
below where the absolute (but not the relative) values of k, ,  k2, 
k,, and k, are varied in order to test the sensitivity of the model 
predictions to the kinetic rate constants. 

Because of the small sizes of the catalyst particles employed 
in the phthalic anhydride reactor, the catalyst effectiveness fac- 
tor was assumed to be unity in all of the reactor simulations. 

Bubbling-Bed Models: Predictions and 
Comparison with Measured Results 

The fluidized bed can be considered to consist of a grid region, 
a bubbling bed, and the freeboard. It is shown below that the 
grid and freeboard zones have relatively little influence for the 
reactor in question. Accordingly, this section compares experi- 
mental predictions with predictions derived from models where 
the entire bed is taken to be in the bubbling regime. 

There are many models available for predicting the perfor- 
mance of bubbling fluidized-bed reactors. For reviews see Grace 

(1971, 1986b,c) and Yates (1983). While most of the models 
were originally devised for simple first-order kinetics, several 
models have been extended to apply to more complex reaction 
schemes (El Nashaie and Yates, 1972; Shaw et al., 1974; Trani 
et al., 1980; Jaffres et al., 1984; Grace, 1986b). 

It is beyond the scope of this paper to compare the industrial 
data with all available models. Table 5 lists the major features of 
four bubbling-bed models that are representative of those in the 
literature. For the phthalic anhydride reactor being treated in 
this paper, U >> Urn, so that there is little reason to choose a 
model that allows for emulsion or dense phase flow of gas. The 
Orcutt et al. (1962) model has also not been very successful in 
predicting performance for smaller reactors (Chavarie and 
Grace, 1975; Shaw et al. 1974). The bubble-assemblage model 
of Kato and Wen (1969) and Yoshida and Wen (1970) was 
found to give the best results of models tested by Shaw et al. for 
hydrogenolysis of n-butane (a complex reaction), by Stergiou 
and Laguerie (1984), and by Jaffres et al. (1984). The Kunii 
and Levenspiel (1969) model is widely used and was the most 
successful of the early models tested by Chavarie and Grace 
(1975). The two-phase bubbling-bed model of Grace (1984) 
also gives excellent agreement with the Chavarie and Grace 
data, is simpler to apply than the Kunii and Levenspiel model, 
and gives a better description of interphase mass transfer, a key 
feature in modeling fluid-bed reactors. Hence we restrict our 
attention to the last three models listed in Table 5. In applying 

Table 5. Features of Four Fluidized-Bed Reactor Models 

Orcutt et al. (1962) 

Two 
1.  Bubble 
2. Dense 

Kunii & Levenspiel (1 969) Kato & Wen (1969) Grace (1 984) 

Phases 

Three Two 
1. Bubble 1. Bubble + cloud 
2. Cloud + wake 
3. Emulsion 2. Emulsion 

Particles Associated with Bubbles 

(or cloud + wake) 

Two 
1. Bubble 
2. Dense 

Bubbles empty of particles 

( U  - Umj)A,  plug Row (mixed 
in each bubble) 

Particles in bubbles Bubbles empty of particles 

Gas Flow in Bubble Phase 

CIA (in simple model), plug UA, perfectly mixed in each 
flow (mixed in bubble, mixed 
in cloud + wake) 

compartment* 

Gas Flow in Dense or Emulsion Phase 

Particles in bubbles 

UA, plug flow (mixed in each 
bubble) 

UmjA, (a) mixed flow or (b) 
plug flow 

B-D; Davidson & Harrison 
(1963), diffusion + through- 
Row 

~ 

None None, perfectly mixed in each 
compartment* 

Interphase** Mass Transfer 

B-C; Davidson & Harrison C-E; Kobayashi et al. (1966), 
(1963), diffusion + through- diffusion 
flow 

(1969), diffusion 
C-E; Kunii & Levenspiel 

Bubble Size 

None 

B-D; Sit & Grace (1981), 
diffusion + throughflow 

Constant Constant Varies with height 

Reaction Takes Place in 

Constant 

Dense phase exclusively All three phases Emulsion + cloud phases, or 
cloud + wake phases 

Both phases 

'Tanks in series model. 
**Phase: B, bubble; D, dense; C, cloud; E, emulsion 

~ ~~~ 
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Table 6. Principal Cases for which Outlet Concentrations were Predicted by Reactor Models (Base Case Values Underlined) 

Case 
1 2 3 4 5 

Reactor Model 

Grace (1 984) Grace (1 984) Grace (1984) Kunii & Levenspiel Kato & Wen (1969) 
(1 969) 

Chemical Kinetics 

De Maria et al. (1961) De Maria et al. (1961) Westerman (1980) 

Method of Solution 

De Maria et al. (1961) De Maria et al. (1961) 

Analytical Numerical Numerical Numerical Numerical 
Parameters Varied and Range of Values 

A. Bubble dia. db = 0.04- A. O2 conc. constant - A. Wake frac.f, = 0.2 A. Dilute phase solids, 

8.  2, of o r m . 9  to 

C. Kinetic const., as in 

cloud only, or cloud + 
wake included with di- 

0.13 m (0.09 m) throughout bed, oral- and 0.4 

10.6 x m'/s €us. Be = - 2, and c d 2 ,  lute phase 

Table 4, and w i G a c h  
w m e n t e d  40% 

D. Solids in bubble phase, 
& - 0 and 0.0035 

lowed to vary B. Eff. Xnse phase dif- 

__ 

these models we have endeavored to restrict ourselves to the 
assumptions of the reactor models themselves. In order to use 
the models we require also the kinetic models and hydrodynamic 
relationships discussed above. 

Five base cases have been taken and are listed in Table 6. The 
equations solved in each case are listed in a report by Johnsson 
(1986) that is available from the authors. Key assumptions 
appear in Table 5. In all cases we ignore changes in gas volume 
due to reaction and to hydrostatic pressure gradients. The 
molecular diffusivity of napthoquinone and phthalic anhydride 
have been taken as equal to that for naphthalene. Parametric 
studies have been carried out to investigate the influences of sev- 
eral factors that are subject to uncertainty. The parameters var- 
ied, the range of variation and base case values are indicated in 
Table 6 .  The base case values are believed to be the best avail- 
able, or the most consistent with the intentions of the originators 
of the reactor models, so they are used except where otherwise 
specified. Some comparisons between predictions and the outlet 
concentrations, C', expressed in dimensionless form by dividing 
by the inlet naphthalene concentration, follow. 

(a) Reactor Model Comparison. Table 7 gives a cornpari- 
son between predictions from the three reactor models, all with 
the De Maria et al. kinetics assumed and for a bubble size of 

Table 7. Comparison of Three Reactor Models with 
Data from Industrial Unit 

Outlet Conc./Inlet NA Conc. x 100% 

Model* NA NQ PA OP 

Kunii & Levenspiel ( 1969) 2.13 0.95 86.2 10.7 
Kato & Wen (1969) 0.14 0.11 88.8 10.9 
Grace ( 1  984) 1.28 0.55 87.5 10.7 
Measured -0(<2) 1.31 88.9 -9.8 

'All with kinetics of De Maria et al. (1961) as in Table 5 ,  and with ds - 
NA, naphthalene; NQ, naphthcquinone; PA, phthalic anhydride; OP. oxidation 

0.09 m. 

products. 

0.09 m. The final column is a pseudoconcentration of unwanted 
byproducts (maleic anhydride, CO, COz, etc.) formed with dif- 
ferent stoichiometric constants by oxidation of the desired 
phthalic anhydride. All three models are seen to give quite good 
predictions. The Kato and Wen model gives the best predictions 
of phthalic anhydride (PA) but the poorest prediction of naph- 
thoquinone (NQ) intermediate. The Kunii-Levenspiel model, by 
contrast, gives the best prediction of the amount of NQ but is 
most in error in its predictions of the PA yield and the amount of 
unconverted naphthalene. The Grace model is generally be- 
tween the other two models. 

(b) tnjluence of Bubble Diameter. The influence of bubble 
diameter (with simultaneous changes in tb and t,, to satisfy Eq. 1 
to 3) is illustrated in Table 8. Increasing the bubble size is seen 
to lead to improved prediction of concentration of the interme- 
diate product NQ, but a t  the expense of less accurate predictions 
of PA and NQ concentrations. The predicted naphthalene (NA) 
and NQ concentrations are quite sensitive to the bubble sizes 
adopted. 

(c) Effect of Organics Molecular Diffusivity. The base value 
of 23 was obtained from the International Critical Tables value 
for naphthalene at  O°C and 1 atm (101.3 kPa) and adjusted 
assuming 23 Q T2p-' .  If is instead assumed proportional to 
T'.5p-', a lower value of 53 results. As shown in Table 9, the 
decrease in 23 results in a somewhat improved prediction of NQ 
but worse predictions for NA and PA. The influence of this vari- 
able is seen to be rather small. 

(d) Influence of Kinetic Rate Constants. As discussed above, 
the kinetic rate constants obtained from the study of De Maria 
et al. are subject to some uncertainty. It is not possible to esti- 
mate the extent of mass transfer disguise in the De Maria data 
because the experimental conditions were not specified. To illus- 
trate what the effect of error might be, Table 9 (case I C) gives 
results for a case where K , ,  K2. K,, and K4 in Table 4 are all 
arbitrarily augmented by 40%. (A more valid approach would 
be to apply different factors to the four constants, but there is no 
information available to allow us to  estimate the correction fac- 
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Table 8. Influence of Bubble Diameter for Case 1, Table 6* 

Values 

0.043 0.060 
0.48 0.44 
0.44 0.48 

0.01 0.12 
0.02 0.10 

89.1 89.0 
10.8 10.8 

Predicted 

0.075 0.090 
0.41 0.39 
0.50 0.52 

Concentration, % 

0.49 1.28 
0.28 0.55 

88.5 87.5 
10.7 10.7 

Meas. 

0.11 0.126 - 

0.37 0.35 - 
0.54 0.55 - 

3.23 5.47 -0(<2) 
0.99 1.35 1.31 

85.1 82.6 88.9 
10.6 10.6 -9.8 

'Grace (1984) model with Table 4 kinetic constants. 
NA, naphthalene; NQ, naphthoquinone; PA, phthalic anhydride; OP, oxidation products. 

tors.) Comparing predictions for this case with case 1 and with 
the measured values, we see that the increase in Ki values results 
in worse predictions for both NQ and PA concentrations. The 
effect of variations in the kinetic rate constants is seen to be 
quite significant. 

(e) fnfluence ofsolids in Bubble Phase. Case 1D in Table 9 
can be compared with the corresponding base predictions, case 
1, to see the effect of the fraction of bubble volume occupied by 
solids. Letting db - 0 results in somewhat worse predictions for 
NA, NQ, and PA, although the change is very small in each 
case. 

( f )  Influence of Variable Oxygen Concentration. De Maria et 
al. do not provide information on the concentration of oxygen in 
their kinetic experiments. It seems probable that they used a 
feed of -1% naphthalene in air in an integral reactor with high 
conversion. This means that the oxygen concentration would 
have changed from about 20.5 to 15 mol %, and a mean concen- 
tration of 17.75 mol % has been assumed in evaluating K ,  to K4. 

To obtain the values shown for case 2A in Table 9, the rate con- 
stants a t  each bed level have been corrected using the actual pre- 
dicted O2 concentration at  that level. Since the oxygen concen- 
tration changes slowly with height and the molecular diffusivity 
of oxygen is much larger than that of naphthalene, differences in 
oxygen concentration between the bubble and dense phases a t  a 
given level have been neglected in this calculation. Comparing 
column 2A with column lD,  we find that the NA concentration 
is worse, while the NQ and PA predictions are improved some- 
what by this modification. 

(8) Alternative Kinetic Scheme. Predictions of the same reac- 
tor model combined with the chemical kinetics reported by 
Westerman (1 980) appear under case 3 in Table 9. Westerman 
must have used a more active catalyst with improved selectivity 
toward PA. The predicted conversion to PA is too high and the 
amount of oxidation products much too low compared with the 
industrial reactor. For this reason the Westerman kinetic results 
have not been used further in this study. Clearly catalyst A 

Table 9. Influence of Various Parameters Subject to Uncertainity on Predictions from Grace (1984) Model 

Case 

1 1B 1c 1D 2A 3 Exp. 

Molecular Diffusivity of Organic Species, 59 x lo6, m'/s 

10.6 6.9 10.6 10.6 10.6 

Bed Solids Fraction Assigned to Bubble Phase, 4b 

0.0035 0.0035 0.0035 0.0 0.0 

Oxygen Concentration 

10.6 - 

0.0 - 

Constant Constant Constant Constant Varies 

Kinetics 

De Maria et al. De Maria et al. Modified De Maria et al. De Maria et al. 
(1961) (1961) De Maria et al. (1961) (1961) 

Pseudofirst-order Reaction Rate Constants, K,-K4 

Table 4 Table 4 Table 4 values x 1.4 Table 4 Table 4 

Concentration, % 

Ck.A 1.28 2.22 0.88 1.64 2.27 
CE,o 0.55 0.79 0.36 0.53 0.56 
C;, 87.5 86.3 84.0 87.1 89.4 
C& 10.7 10.6 14.8 10.7 7.8 

Constant - 

Westerman (1980) 
- 

N.A. - 

0.57 -0(<2) 
0.04 1.31 

98.6 88.0 
0.8 -9.8 

NA, naphthalene; NQ, naphthoquinone; PA, phthalic anhydride; OP, oxidation products 
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investigated by De Maria et al. was much closed to the catalyst 
employed in the industrial phthalic anhydride reactor. 

(h) Influence of Wake Fraction, Kunii-Levenspiel Model. 
The wake fraction is estimated to be approximately 0.4 from 
results summarized in Kunii and Levenspiel (1969) and Grace 
(1982). However, this could be in error by as much as a factor of 
2. In Table 10 predictions forf, = 0.2 are compared with those 
for f w  = 0.4 and with the measured concentrations. The decrease 
in wake fraction is seen to make predictions worse for N A  and 
PA while improving the NQ prediction. The naphthalene con- 
centration is most sensitive to changes of this parameter. 

(i) Influence of Dense Phase Effective Diffusivity. Kunii and 
Levenspiel state that Be can take values from edB to a. Com- 
parison of cases 4 and 4B in Table 10 show that changing Be 
over this range has a relatively small influence and that the 
effect is again to make agreement worse with the measured N A  
and PA concentrations while giving some improvement in the 
NQ prediction. 

(j) Solids Included with Bubble Phase, Kato- Wen Model. In 
their original model, Kato and Wen (1969) included particles in 
the clouds with the bubble phase. In a later paper (Yoshida and 
Wen, 1970), the wake was also included with the dilute phase. 
Comparison of cases 5 and 5A in Table 10 shows that this modi- 
fication causes a significant drop in the predicted N A  and N Q  
concentrations. Agreement with the measured data appears to 
be somewhat better for the original model, which included only 
the cloud with the bubble phase. 

(k) Turbulent Regime Model. In all of the cases considered 
above, the bed was assumed to operate in the bubbling bed 
regime. While this appears to be the most likely regime of opera- 
tion, there is some possibility, as discussed earlier, that the bed 
may have operated in the turbulent regime of fluidization. Mod- 
els for fluidized beds operating in the turbulent regime are not 
well developed. Van Swaaij (1978) and Wen (1979) have pro- 
posed that a single-phase plug flow model may be appropriate, 

Table 10. Influence of Various Parameters Subject to 
Uncertainty on Predictions from Kunii and Levenspiel (1969) 

and Kato and Wen (1969) Models 

Case* 

4 4A 4B 5 5A Exp. 

Wake Volume per Unit Bubble Volume,f, 

- 0.4 0.2 0.4 ma. 0.4 

Effective Dense Phase Diffusivity, Be 
- a, 33 tda) n.a. n.a. 

Bubble Phase Solids 

Cloud Cloud 
None None None only +wake - 

Concentration, % 

CI;A 2.13 3.57 2.48 0.14 0.002 -0(<2) 
CkQ 0.95 1.38 1.17 0.11 0.003 1.31 
CbA 86.2 84.4 85.7 88.8 89.0 88.9 
CAP 10.7 10.7 10.7 10.9 11.0 -9.8 

‘See Table 6 for other details on cases 
Kinetics of De Maria et al. (1961); db = 0.09 m; 29 = 10.6 x ml/s 
ma., not applicable 
NA, naphthalene; NQ, naphthoquinone; PA, phthalic anhydride; OP, oxidation 

products 

while Avidan (1982) suggested that considerable axial disper- 
sion exists. All three agree that interphase mass transfer resis- 
tances should be negligible. A comparison between the two lim- 
iting cases of single-phase plug flow and CSTR models with the 
bubbling-bed model (case 1) and experimental data appears in 
Table 11. The single-phase plug flow model does an excellent 
job in predicting the PA concentration, but greatly underpre- 
dicts the N Q  concentration, whereas the single-phase perfectly 
mixed model overpredicts the N A  and NQ concentrations while 
underpredicting the yield of phthalic anhydride. The bubbling- 
bed model generally gives better predictions than either of these 
limiting turbulent regime models. 

Grid Region Influence 
The grid region can play a major role in determining the per- 

formance of fluidized-bed reactors when there are fast reactions 
and rapid mass transfer from grid jets to the dense phase (Grace 
and de Lasa, 1978). In the present case, the grid jet penetration 
predicted by the correlation of Merry (1975) is about 10% of the 
total bed height and the reaction is relatively slow. The fact that 
air and naphthalene were injected separately is bound to lessen 
the effect of the grid further. To see what the maximum effect 
might be, Table 12 compares predictions from the Grace (1984) 
model for the bed itself with two cases where the bottom 10% of 
the bed has a much higher volumetric interphase mass transfer 
rate, 10 and 100 times that in the bubbling region. As shown in 
Table 12, the influence of this major increase in mass transfer in 
the lower part of the unit is predicted to be very small. Overall, 
the inclusion of the jet region is helpful in reconciling predicted 
and measured N A  and PA values, while leading to somewhat 
poorer agreement for the NQ values. Similar findings are 
obtained with the Kunii and Levenspiel (1969) model when 
allowance is made for enhanced interphase mass transfer in the 
lowest 10% of the bed (Johnsson, 1986). 

Freeboard Influence 
The freeboard region can also have a strong influence on 

fluid-bed reactors for some cases, especially for shallow beds 
with high gas velocities and large quantities of unreacted gases 
leaving the dense bed surface (de Lasa and Grace, 1979). In 
order to estimate the influence of the freeboard on the models, a 
simplified form of the Chen and Wen (1982) freeboard model 
has been used to estimate a vertical profile of solids holdup in the 
freeboard and this, combined with assumed plug flow of gas, has 
led to predicted reaction rates above the bed. Details are pro- 
vided by Johnsson (1986). Results are presented in Table 12 
with the Grace model used to describe the bubbling-bed region. 

Table 11. Limiting Predictions for Turbulent Bed Compared 
with Bubbling Bed Model and Experimental Results 

Limiting Turbulent Bed Models 

Corn. Bubbling-Bed Single-phase Single-phase 
% Model (case 1) Plug Flow Perfectly Mixed Exp. 

CkA I .64 3 1 0 - ~  4.9 -0(<2) 
G Q  0.53 6 x lo-’ 1.8 1.31 
C;A 87.1 89.0 82.9 88.9 
C’” 10.7 11.0 10.4 -9.8 

NA, naphthalene; NQ, naphthoquinone; PA, phthalic anhydride; OP, oxidation 
products. 

April 1987 Vol. 33, No. 4 625 AIChE Journal 



Table 12. Influence of Grid and Freeboard Regions Compared with Bubbling Bed Alone* 

Bubbling Grid + Grid + Bubbling Bed +- 
Bed Only Bubbling Region Bubbling Region Bed Only Freeboard Exp. ____ 

0.0035 - 
N.A. N.A. - 

0.0 0.0 0.0 0.0035 ‘#‘b 
k,a,, SKI N.A. 7.27 72.7 

0.73 
0.43 

88.2 
10.7 

0.49 1.28 0.68 
0.38 - - 

88.4 87.5 87.8 
10.7 10.7 11.1 

*As predicted by Grace (1984) model with da = 0.09 m 
NA, naphthalene; NQ, naphthoquinone; PA, phthalic anhydride; OP, oxidation products 

Similar predictions were obtained with the bed represented by 
the Kunii and Levenspiel model. 

Table 12 indicates that the freeboard, like the grid, has only a 
small influence for the reactor under investigation. The direc- 
tion of the influence is again to improve the N A  and PA predic- 
tions slightly while making the NQ predictions slightly worse. 
The predicted temperature rise in the freeboard is 15-20°C 
without any allowance for heat losses from the walls or recycle 
of heat to the bed surface by returning particles. This is felt to be 
consistent with the failure to observe any temperature rise in the 
industrial unit. 

Discussion 
Comparison between the fluidized-bed reactor models and 

the industrial data is less conclusive than we would have liked 
because results are available only for a single set of operating 
conditions, because the kinetics of the particular catalyst used 
where subject to some uncertainty, because hydrodynamic prop- 
erties such as bubble size have had to be estimated, and because 
only outlet concentrations were measured rather than concen- 
tration profiles. Nevertheless, the bubbling-bed models have 
been found to give good predictions for the overall conversion 
and product distribution in the 2.13 m reactor when kinetic data 
from De Maria et al. (1961) are employed and bubble size is 
estimated from measured overall bed density and probable 
dense phase voidages. Predictions are shown to be rather insensi- 
tive to most other factors, such as the fraction of particles 
assigned to the bubble phase or the effective dense phase diffu- 
sivity for the conditions studied. For the particular conditions of 
the phthalic anhydride reactor, it was found also that grid jets 
and the freeboard do not have major influences, although their 
inclusion does give a small overall improvement in the predic- 
tions of the Grace (1 984) and Kunii and Levenspiel (1 969) mod- 
els. 

Botton et al. (1984) found that bubble models can correctly 
describe interphase mass transfer in pilot plants and industrial- 
scale equipment. The results of the present study are clearly also 
encouraging in showing that such models can give good agree- 
ment with measured yields for a complex reaction scheme in a 
commercial reactor. However, further results are needed in 
large-scale equipment to provide additional evidence of the 
worth of these models. 
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Notation 
A = cross-sectional area of column 
C = molar concentration 

C’ = outlet concentration/inlet naphthalene concentration 

D, = effective dense phase diffusivity 
db = bubble diameter 
4 = mean particle diameter 
fw = wake volume per unit bubble volume 
g = acceleration due to gravity 
H = expanded bed depth 

= molecular diffusivity of organic species 

K,-K, = pseudofirst-order reaction rate constants 
k,-k, = reaction rate constants, Table 4, based on particle volume 

N = number of moles 
NA = naphthalene 
NQ = naphthoquinone 
OP = oxidation products other than N Q  and PA 
PA = phthalic anhydride 

p = pressure 
T = temperature 
t = time 

U = superficial gas velocity 

Vp = total particle volume 
vb = bubble velocity 
Y =  visible bubble flow rate/([/ - Urnf)A 

Urn, = minimum fluidization velocity 

Greek letters 
e = overall bed voidage 

cb = fraction of bed volume occupied by bubbles 
cd = dense phase void fraction 

emf = bed voidage at minimum fluidization 
‘#‘b = fraction of bed solids assigned to bubble phase 

Literature cited 
Abrahamson, A. R., and D. Geldart, “Behavior of Gas-Fluidized Beds 

of Fine Powders. 11,” Powder Technol. 26,47 (1980). 
Avidan, A., “Turbulent Fluid Bed Reactors Using Fine Powder Cata- 

lyst,” Joint AIChE-CIESC Meet., Beijing (Sept., 1982). 
Botton, R., F. Vergnes, and M. A. Bergougnou, “Validation by Means 

of Industrial Data of Kunii-Levenspiel Type Bubble Models which 
Can be Used in the Scale-up to Commercial Size of Fluidized Bed 
Reactors,” Ffuidization, D. Kunii and R. Toei, eds., Eng. Found., 
New York (1984). 

Carberry, J. J., and D. White, “On the Role of Transport Phenomena in 
Catalytic Reactor Behavior,” Znd. Eng. Chem., 61(7), 27 (1969). 

Chavarie, C., and J.  R. Grace, “Performance Analysis of a Fluidized 
Bed Reactor,” Ind. Eng. Chem. Fundam.. 14,15 (1975). 

Chen, G., Z. Wang, G. Sun, and J. Chen, “On the Methodology of Pro- 
cess Development of Fluidized Bed Reactors,” Fluidization, D. Kunii 
and R. Toei, eds., Eng. Found. New York (1984). 

Chen, L. H., and C. Y. Wen, “Model of Solid Gas Reaction Phenomena 
in the Fluidized Bed Freeboard,” AZChE J., 28, 1019 (1982). 

626 April 1987 Vol. 33, No. 4 AIChE Journal 



Davidson, J .  F., and D. Harrison, Fluidised Particles, Cambridge Univ. 
Press (1963). 

De Lasa, H. I., and J. R. Grace, “The Influence of the Freeboard Region 
in a Fluidized Bed Catalytic Cracking Regenerator,” AIChE J. ,  25, 
984 (1 979). 

De Maria, F., J. E. Longfield, and G. Butler, “Catalytic Reactor 
Design,” Ind. Eng. Chem.. 53(4), 259 (1961). 

Dutta, S., S. C. Arnold, G. D. Suciu, and L. Verde “Scale-up of a Com- 
plex Fluid Bed Reactor Involving Complex Kinetics,” Proc. 8th Int. 
Symp. Chem. Rear. Eng., Inst. Chem. Eng. Symp. Ser. No. 87. 517 
(1984). 

El Nashaie, S., and J.  G. Yates, “A Model for Competing Reactions in 
Gas Fluidized Beds,” Chem. Eng. Sci., 27, 1757 (1972). 

Geldart, D., and A. R. Abrahamsen, “The Effect of Fines on the Behav- 
ior of Gas Fluidized Beds of Small Particles,” Fluidization, J. R. 
Grace and J. M. Matsen, eds., Plenum, New York (1980). 

Grace, J. R., “An Evaluation of Models for Fluidized Bed Reactors,” 
Chem. Eng. Prog.Symp.Ser., 67,No. 116, 159 (1971). 

---, “Fluidized Bed Hydrodynamics,” Handbook of Multiphase 
Systems, G. Hetsroni, ed., Hemisphere, Washington, D.C., 8-5 to 8- 
64 (1982). 

, “Generalized Models for Isothermal Fluidized Bed Reactors,” 
Recent Advances in Engineering Analysis of Chemically Reacting 
Systems, L. K. Doraiswamy, ed., Wiley Eastern, New Delhi, ch. 13 
(1984). 

, “Contacting Modes and Behaviour Classification of Gas-Solid 
and Other Two-Phase Suspensions,” Can. J.  Chem. Eng., 64, 353 
(1986a). 

, “Fluid Beds as Chemical Reactors,” Gas Fluidization Technol- 
ogy, D. Geldart, ed., Wiley, New York,ch. 1 1  (1986b). 

, “Modelling and Simulation of Two-Phase Fluidized Bed Reac- 
tors,” Chemical Reactor Design and Technology, H. de Lasa, ed., 
Martinus Nijhof Pub., den Haag, Netherlands (1986~) .  

Grace, J. R., and H. I. de Lasa, “Reaction Near the Grid in Fluidized 
Beds,” AIChE J. ,  24, 364 (1978). 

Graham, J. J., P. F. Way, and S. Chase, “Phthalic Anhydride by Fluid 
Bed Process,” Chem. Eng. Prog., 58(1 l), 96 (1962). 

Irani, R. K., B. D. Kulkarni, and L. K. Doraiswamy, “Analysis of Com- 
plex Reaction Schemes in a Fluidized Bed,” Ind. Eng. Chem. Process 
Des. Dev.. 19,24 (1980). 

Jaffres, J .  L., C. Chavarie, I. Patterson, M. Perrier, L. Casalegno, and 
C. Lagukrie, “Conversion and Selectivity Modeling of the Oxidation 
of Benzene to Maleic Anhydride in a Fluidized Bed Reactor,” Fluidi- 
zation, D. Kunii and R. Toei, eds., Eng. Found., New York, (1984). 

Johnsson, J. E., “Fluidized Bed Reactor Model Verification on a Reac- 
tor of Industrial Scale,” Research Rept. DIAK-1986-1, Eng. Acad. 
Denmark (1986). 

Kato, K., and C. Y. Wen, “Bubble Assemblage Model for Fluidized Bed 
Catalytic Reactors,” Chem. Eng. Sci., 24, 1351 (1969). 

Kobayashi, H., F. Arai, and T. Chiba, “Behavior of Bubbles in a Gas- 
Solid Fluidized Bed,” Chem. Eng. Japan, 4, 147 (1966). 

Kunii, D., and 0. Levenspiel, Fluidization Engineering, Wiley, New 
York (1969). 

Merry, J .  D. M., “Penetration of Vertical Jets into Fluidized Beds, 
AIChE J., 21,507 (1975). 

Montgomery, S. R., and A. Farkas, “The Development of Phthalic 
Anhydride Processes in the US.,” Am. Chem. SOC. Ann. Meet., Phil- 
adelphia (1984). 

Orcutt, J. C., J. F. Davidson, and R. L. Pigford, “Reaction Time Distri- 
butions in Fluidized Catalytic Reactors,” Chem. Eng. Prog. Symp. 
Ser.. 58, No. 38, (1962). 

Peters, M. H., and J.  R. Grace, “Gas Flow Division in Bubbling Fluid- 
ized Beds,” Chem. Eng. Comm. (1987). 

Ross, G. L., and P. H. Calderbank, “Kinetics of the Catalytic Oxidation 
of Naphthalene Over V,05 Using a Spinning Catalyst Basket Reac- 
tor,” Chem. Eng. Sci., 26,2003 (1971). 

Shaw, I. D., T. W. Hoffman, and P. M. Reilly, “Experimental Evalua- 
tion of Two-Phase Models Describing Catalytic Fluidized-Bed Reac- 
tors,” AIChE Symp. Ser.. 70, No. 141,41 (1974). 

Sit, S. P., and J. R. Grace, “Effect of Bubble Interaction on Interphase 
Mass Transfer in Gas Fluidized Beds,” Chem. Eng. Sci., 36, 327 
(1981). 

Smith, T. G., and J. J. Carberry, “Design and Optimization of a Tube- 
Wall Reactor,” Chem. Eng. Sci.. 30,221 (1975). 

Stergiou, L., and C. Lagutrie, “An Experimental Evaluation of Fluid- 
ized Bed Reactor Models,” Fluidization, D. Kunii and R. Toei, eds., 
Eng. Found., New York, (1 984). 

Van Swaaij, W. P. M., “The Design of Gas-Solids Fluidized Bed and 
Related Reactors,” Am. Chem. Soc. Symp. Ser., 72, 193 (1978). 

Wainwright, M. S., and N. R. Foster, “Catalysis, Kinetics and Reactor 
Design in Phthalic Anhydride Synthesis,” Catal. Rev.-Sci. Eng., 19, 
211 (1979). 

Wen, C. Y., “Chemical Reaction in Fluidized Beds,” Proc. N.S.F. 
Workshop Fluidization and Fluid-Particle Systems. H. Littman, ed., 
Rensselaer Polytechnic, 3 17 (1979). 

Westerman, D. W. B., “The Catalytic Oxidation of Naphthalene on 
Vanadia Catalysts,” Ph.D. Diss., Univ. New South Wales, Sydney 
(1980). 

Yates, J. G . ,  Fundamentals of Fluidized Bed Chemical Processes, But- 
terworths, London (1983). 

Yerushalmi, J., and N. T. Cankurt, “Further Studies of the Regimes of 
Fluidization,” Powder Technol., 24, 187 (1979). 

Yoshida, K., and C. Y. Wen, “Non-Catalytic Solid Gas Reaction in a 
Fluidized Bed Reactor,” Chem. Eng. Sci., 25, 1395 (1970). 

Manuscript received Jul. 29, 1986, and revision received Sept. 7, 1986. 

AIChE Journal April 1987 Vol. 33, No. 4 627 




